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Abstract—Mass transfer experiments were carried out in packed beds of spheres of low tube-to-particle
diameter ratio (3 < d,/d, < 12) to determine, by analogy, the fluid-phase contribution to the heat transfer
effective radial Peclet number and the apparent wall Biot number. The asymptotic Peclet number was shown
tobebetween 8 and 11 for the entire d,/d, range, contradicting standard correlations. A correlation for the wall
Sherwood number is given that extends those of previous studies:

Shy = (10— 1.5(d,/d)"%)(Sc)*(Re)*-°.

These results are in good agreement with data obtained directly from heat transfer experiments.

INTRODUCTION

PACKED bed tubular reactors are widely used in the
chemical processing industry to carry out solid-
catalyzed reactions. Many of these catalytic reactions
are strongly exothermic, necessitating heat removal,
which is usually accomplished by means of a
multitubular reactor in which long narrow tubes are
immersed in a heat exchange medium. Such tubes may
be many hundreds of particle diameters long, but only a
few across, facilitating radial heat loss to the tube wall.
Thus knowledge of the effective radial heat transfer
mechanisms through the packing and the wall for fluid
flowing through a single tube forms an important
aspect of the design of catalytic reactors. The case of low
tube-to-particle diameter ratio (d/d,) is clearly
particularly important.

Packed bed heat transfer studies use a pseudo-
homogeneous two-dimensional (2-D) model, in which
the bed is modelled as though it consisted of one phase
only. This composite phase is assumed to move in plug
flow, with the pC, of the fluid phase, but at a superficial
velocity, v, obtained by dividing the fluid volumetric
flow rate by the total bed cross-sectional area. Axial and
radial conduction are both then superimposed on this
flow, and the effective thermal conductivities, which are
based here on total bed area, are usually taken to be
independent of the axial and radial spatial coordinates.
In non-adiabatic beds, an apparent wall heat transfer
coefficient must then be introduced to account for the
decrease in effective conductivity near the wall. The
model parameters are obtained from steady-state
temperature measurements in non-reacting beds, for
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which the model equations are, in dimensionless form
[1.2]
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In the short beds generally used for experimental
studies, it is important to retain the term representing
effective axial transport, so that estimates of the radial
transport parameters, Pe, and Bi, are not biased. Inlong
industrial beds it is more important to have accurate
values for Pe_and Bi than the axial parameter, Pe,.

Literature correlations of the radial parameters
show considerable scatter, especially for the wall heat
transfer coefficient [3]. In the face of such empirical
results a more fundamental approach was adopted,
namely to predict the effective parameters a priori from
consideration of the underlying fluid and solid phase
transport mechanisms [4].

The relationships obtained from this procedure were

1 1 & Bi,+ )[8 Bis+4]‘1
= 2 (Re Pr)1 — 4+
Pe,  Pe, Tk REFD ( Bi, /LN,  Bi

(3)
where
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NOMENCLATURE
A constant defined in equation (8) v superficial fluid velocity [m s~ ']
b constant defined in equations (17) and X dimensionless axial coordinate
(18) y dimensionless radial coordinate.
Bi Biot number for heat, h, R/k
. . A Greek symbols
Bi, Biot number for mass, k,R/D .
. oo T B defined below equation (10)
C concentration of diffusing species .
3 g bed voidage
(kg mol m =] 0 dimensionless temperature or
c, specific heat [kJ kg ! K] \ P
AR > 1 concentration
D diffusivity [m* s~ '] 7
. annular average
d, tube diameter [m] y . . .
. Ay eigenvalue defined in equation (11)
d pellet diameter [m] . . . L
P . u viscosity of fluid [kgm ™' s~ ']
h heat transfer coefficient density of fluid [kg m ]
[kW m 2 K~ 1] P y gm "L
J; Bessel function of the ith order Subscripts
k thermal conductivity [kW m™! K~ 1] a axial
ky wall mass transfer coefficient c center core
[kgmolm 2s™!(kgmol m~3)"1] f fluid
N, defined in equation (4) fs fluid-to-solid
Nu Nusselt number, hd/k; i inner annulus
Pe Peclet number, pvCd,/k m mass
Pe(c0) asymptotic value of Pe at large Re o outer annulus
Pr Prandtl number, uC /k; p pellet
R bed radius [m] r radial
Re Reynolds number, pvd,,/u s solid
Sc Schmidt number, u/pD; w wall
hY, Sherwood number, k,d,,/D; wf wall-to-fluid
Note: All transport coefficients are based on unit void plus non-void area perpendicular to the transfer
direction.
and PREVIOUS WORK

Pe,;

Re Pr’ ©)

Bi(d,/R) = Bi¢(d,/R) = N,

The predictions of Bi and Pe, by equations (3)—(5)
agreed well with valid experimental data, however,
several of the individual-phase parameters had to be
guessed or obtained by extrapolation of rather limited
experimental data. This was especially the case for low
d/d,, where there were few studies, in spite of the
practical importance of this area.

The determination of single-phase transport para-
meters is thus well motivated, not only by the above
argument, but also by the increasing use of hetero-
geneous models in packed bed studies, as more com-
plicated phenomena are studied. This also leads to a
requirement of better accuracy in the parameters of
even the simpler models.

The object of this study is to investigate transport
through the fluid phase alone, and. to provide
correlations for Pe,; and Nu,s in terms of Re and d,/d,,
for ranges of low d,/d,. A companion study has also
been carried out to clarify solid-phase heat transfer over
similar ranges.

It is desirable to obtain fluid-phase transport
parameters from mass transfer experiments, in order to
eliminate the contribution of the solid phase, which is
always present in low d,/d,, heat transfer studies under
practical laboratory conditions. The heat transfer
parameters are given by heat-mass analogies

Perf = Perm (6)
and

Nuw[ — s Shwf
Re pri3 — M=o = pogen

Q]

There have been few studies of the wall-to-fluid mass
transfer coefficient made under conditions truly ana-
logous to the case of heat transfer from the wall. One
such study is that of Yagi and Wakao [5], who coated a
tube with 2-naphthol, and then ran water through the
packed column, dissolving the 2-naphthol from the
walls. They measured only one item of data, the mixed-
mean concentration, but required to estimate two
parameters, Pe., and Sh,,. They were therefore
constrained to assume Pe, = Pe,, available from
separate heat transfer experiments. This is clearly not
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the case except at high d,/d, and large flow rates, as
shown by equations (3) and (4). Their experimental
method, however, is sound and is the basis for the
procedure followed in the present work.

Olbrich and Potter [ 6] measured the vaporization of
mercury from the wall into a nitrogen stream. They had
to consider also simultaneous axial and radial gas
mixing in the voids as well as accounting for the
pressure drop across the bed. They further used a non-
standard estimation procedure which did not allow the
determination of the wall mass transfer coefficient at
individual Re values. Their results differ by an order of
magnitude from those of other workers.

The remaining studies all used electrochemical
techniques, in which limiting current measurements
were made. The ferricyanide—ferrocyanide ion conver-
sion system was often used, with electrodes located on
the wall of the packed bed. A review of four such
investigations has been given by Storck and Coeuret
[7]. The correlations listed there may be rewritten in
terms of Sh,,¢, assuming ¢ = 0.4, and they are shown in
Table 1. Also shown is a correlation of the results of
Kunii and Suzuki [8], derived during the present work
in order to represent their data for Re > 2 by a single
equation.

The agreement between the different correlations is
very good, however, these results were nearly all
obtained for d,/d, > 10. Storck and Coeuret [7] inter-
pret the wall mass transfer coefficient as an average
representing the diffusional boundary layer. There is no
a priorireason to expect the one-phase parameter, Sh,,
to be well-predicted by these relations, as it is hard to
say precisely what mechanisms contribute to Sh,.

Radial mixing experiments to determine Pe,,, have
generally followed the lines of Fahien and Smith [9]. A
stream of tracer gas was introduced into the bed via an
injection pipe placed at the bed axis, and the resultant
mixture analyzed at various positions in the bed
downstream from the point of injection. Either point
samples were withdrawn [9], or an annular arrange-
ment was used to give averaged concentrations [10].
Analysis of the data has ranged from graphical differ-
entiation to least-squares fitting. Most studies have
produced Peclet numbers averaged over the bed radius
although that of Fahien and Smith also gave point
values. Fahien and Smith gave an expression for the
dependence on (d,/d,) of Pe,,(0)

Pe,,(c0) = A{1+19.4(d,/d)*} (8)
where 8 < A < 10, the form of which was supported by
the work of Roemer et al. [11], and also by Olbrich and
Potter [6], who took 4 = 7. It is, however, doubtful
whether the (d,/d,) ratios used were severe enough to
fully test the correlation.

However, these results are not strictly applicable to
the case where a mass transfer analogue of Pe, is
required. All studies except that of Olbrich and Potter
used the wall boundary condition

Yo oaty=1 9
oy - aty=1L ©)

HMT 27:10-C
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Table 1. Sh,, correlations from electrochemical studies

Authors djd, Correlation

10-27  Shy; = 0.82(Sc)"/3(Re)®-52
Shye = 0.79(Sc)3(Re)*-*°

Krishna et al.

Rao and Rao —

Smith and King 9.3-49  Sh,; = 0.90(Sc)!/3(Re)*-*?
Storck et dl. 9292 Shy, = 0.86(Sc)"*(Re)**!
Kunii and Suzuki*  2-100 Sh,, = 0.70(Sc)'"*(Re)®*

* Rectangular bed.

Therefore the radially-averaged Peclet numbers of
such workers include mass transfer resistance all the
way to the wall, whereas the extra resistance to radial
mass transfer near the wall is covered by the use of the
Sherwood number in the study of Olbrich and Potter, in
the same way that extra resistance to radial heat
transfer near the wallis covered by the use of the Nusselt
number.

EXPERIMENTAL EQUIPMENT AND
PROCEDURE

The objective of the experiments was to obtain mass
transfer data under conditions as similar as possible to
those used for temperature profiles, so that the para-
meters, Pe,,, and Sh,,, could be determined and would
represent the same fluid mixing mechanisms as in the
heat transfer case.

The experimental approach was to pump water
through a packed column, and to allow a soluble
material to dissolve from the coated column walls into
the stream, which was then sampled at the bed exit. This
arrangement is shown schematically in Fig. 1.

The column was constructed in three sections from 3
in. L.D. copper tubing, with water-tight seals in the
flanges between the sections. The water was introduced
into a 6 in. uncoated packed calming section at the top
of the assembly, through a center inlet port. A cap with
four separate entry ports was also used for some
experiments, to guard against channelling. As no
difference in the results was observed between the two
feed methods, it was concluded that the inlet water was
well-distributed across the column. The middle section
was the packed and coated test section. The lengtl of
the test section was varied between 6 and 12 in., to see if
axial effects were important. The packing rested on a
brass wire support grid at the bottom of this section.
Details of the packing are given in Table 2, with

Table 2. Packing materials

Packing d/d, €
1/4 in. nylon spheres 11.8 0.42
5/16 in. nylon spheres 9.4 0.40
3/8 in. nylon spheres 7.8 0.40
1/2 in. nylon spheres 59 0.42
3/4 in. polystyrene spheres 39 047
1 in. nylon spheres 29 0.47
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F1G. 1. Schematic description of mass transfer apparatus.

approximate voidages obtained by separate measure-
ments of the volume of water in a packed test section.
These voidages were reproducible to within +0.02. The
final section of the column was a 6 in. long annular
splitter, similar to that used by Gunn and Pryce [10].
This device contained concentric 1 and 2 in. I.D. tubes,
allowing three annular radially-averaged samples to be
obtained.

Two procedures were used for coating the test section
of the column.

(1) A wooden handle was fastened to the tube flange,
the entire test section was dipped into a tank of the
molten coating material, then quickly transferred to an
ice—water bath, to solidify the coating. Excess coating
was removed from the outside of the tube, which was
then bolted into place in the apparatus.

(2) Molten material was pouted into the test section,
which was then closed-off by endplates and hand-
rotated until the material set.

The results showed no difference between setting in air
or in water. Both methods gave a smooth, hard, even
coating, with no cracks or pits visible. The materials
used are discussed in the next section. The columns
were checked after the runs, and no bare spots were
observed. A slight pitting at points of contact between
the packing and the tube wall was present. The coating
was relatively thin, so that any change in thickness was
negligible for these experiments.

With the coated section in place, the column was
filled with water. Valves on the exit lines were then
opened and closed in turn in a procedure designed to
bleed the column of air. These valves were then used to
control the flow rates through the annuli, i.e. to control
the sampling rates. It was important to set these flow
rates so that the presence of the annular splitter
immediately below the packing support grid did not
influence flow inside the bed. To do this it was necessary
to know the velocity profile inside the bed in order to
compute the flow rate through the corresponding
annulus in the bed. Attempts to measure the radial
velocity profile by pitot tubes failed as the radial

pressure drop was of the same magnitude as system
fluctuations. It was therefore necessary to assume a
velocity profile (uniform) and adjust the annular flow
rates accordingly. This point is discussed furtherin later
sections, where other velocity profiles are considered. It
should be noted that the same problem exists if point
samples are withdrawn, instead of the average samples
taken in this study.

The column was operated and exit samples
monitored until steady-state was reached ; this took 10—
12 h for runs with 2-naphthol as the coating, 24 h for
cinnamic acid, but only 15 min for benzoic acid, a more
soluble material. Final samples were taken and the total
flow to the column adjusted to a new value. For each
packing size five flow rates were used to give Reynolds
numbers in the range 50 < Re < 500. Most runs were
repeated at least once with a new coating, and the data
analyzed simultaneously, so that the parameters given
here represent averages over re-packed beds.

The concentrations of the samples were obtained by
measuring absorbances with a u.v.-spectrophotometer
at wavelengths of 273 nm (2-naphthol, cinnamic acid)
and 271 nm (benzoic acid).

Solubility data and plots of Schmidt number, Sc,
against temperature were derived from the results of
previous workers [12-14].

COATING MATERIALS

Three coating materials were used in this work: 2-
naphthol, cinnamic acid, and benzoic acid. Adipic acid
was also tried but did not adhere to the test section.

The values of Pe,, for benzoic acid were slightly
higher than for the other coatings. The differences were
only just significant compared to the variation arising
from repacking, but they were consistent for all flow
rates. There was an extremely large coating effect on
Sh,, with benzoic acid results 2-3 times the cinnamic
acid results and 3-7 times the 2-naphthol results. Only
the benzoic acid results were of the same order of
magnitude as the electro-chemical studies.

These coating effects are not new. Using the same
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materials, Steele and Geankoplis [14] found three
distinct lines for ji, vs Re in their study of mass transfer
from spheres to water at high Re. Similarly Linton and
Sherwood [13]found benzoic acid to give higher values
than the other two materials in open-tube turbulent
flow at Re > 1000. For mass transfer from solid shapes
they again found benzoic acid to give higher results,
agreeing more with vaporization studies.

Explanations of these effects have not been totally
successful. Linton and Sherwood attributed their
results to surface roughness and fissures for the open-
tube runs, and reported a j,—Re curve which resembled
the friction-factor curve for roughened tubes. Inspec-
tion of our tubes after use revealed no differences be-
tween the coatings, however, even though there were
large solubility differences. Steele and Geankoplis even
artificially roughened a sphere, and saw no effect on the
results. These latter workers also detected a mass flux
even at zero driving force, which they felt was related to
attrition of crystals, crystalline structure and the ability
of the coatings to crystallize. They brought their results
into agreement using pseudosolubility (i.e. pseudotem-
perature) at the wall for benzoic acid. Thus they
increased the apparent driving force at the wall, which
resulted in a reduced mass transfer coefficient and jg-
factor.Itishard to see any physical justification for such
a procedure.

The key to these observations, however, does seem to
lie with the materials’ solubilities. If there were a
decreased rate of dissolution, because wall solubility
was less than expected, then the Sh,; would be
underestimated. This might occur, for example, if a
surface contaminant were present. Some evidence to
support this view comes from the work of Garner and
Suckling [15] who studied flow around single spheres
of benzoic acid and adipic acid. They found one
correlation to be sufficient for both coatings, although
adipic acid is five times as soluble as benzoic. Both are
much more soluble than 2-naphthol or cinammic acid.

Our present conclusions are that it is not known why
the differences between coatings occur, but that results
from high-solubility coatings appear to be more
reliable. The remainder of this study is therefore based
only on results from benzoic acid coatings.

MATHEMATICAL TREATMENT

The material balance for the experimental column
described above leads, as intended, to the same
dimensionless equations as for the heat transfer case,
equations (1) and (2), save only that the parameters, Pe,,
Bi, and Pe, must be replaced by Pe,,, Bi,, and Pe,,
respectively. The infinite series solution to these
equations is easily obtained by separation of variables
[1] and is, for x > 0

© Bj

B w1+ B8)T06(4,3)
0D =1= ¥ B2+ 228.7o0)

<Pe
X exp

2 d,

ﬁ..)) (10)
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and the 4, are the roots of
And 1(4,) = Bigy Jo(4,) = O (11)

The case of negligible axial dispersion (plug flow) may
be derived by allowing Pe,,, — c0.

To analyze the data in this study, it is necessary to
average equation (10) across a radial annulus.
Following Gunn and Pryce [10] the average is defined

in this case by
00
p d 12
)J( R Pe, 6) 12

Performing the indicated integration gives, after some
algebra

O(x) =

=)

1
g(x)= 1= ( _yl) nzl

x Blm(1 + ﬂn)z(yo', l(lnyo) - yi‘ll('lnyi))
An(BiZ, + A3) B o )

X exp (Penm(l _ﬂn)x .Ii):l
2 d,) |

Letting Pe,,, — oo gives, for the plug-flow case

s Y

( z_yl) n=1
x |:4Bim(yo‘]1(lnyo)_yiJl(A'nyi))

(13)

O(x) =

An(Big, + AT of A1)

A2x d,
xexp| -5 — 2|

The data give three dimensionless annular averages
for each run, and nearly all runs were repeated at least
once. The parameters were estimated by minimizing the
sum of squares of residuals (differences between
observed and calculated values) using a finite-difference
Levenberg-Marquardt algorithm. This method al-
lowed the estimation of 95% confidence intervals for
each parameter. The Sherwood number was obtained
from the relation

d P
(B%)(i") (Shwf)( ‘";‘)

Initially equation (13) was fitted to data from several
bed lengths simultaneously, at the same Re. The
confidence intervals showed Bi, and Pe,, to be
reasonably well determined, however, no reliable
estimates of Pe,,, could be obtained and the algorithm
had difficulty converging. When equation (14) was
fitted to data from single bed depths, it was observed
that there were no axial trends in the residuals, and that
the parameters, Pe,,, and Bi,, showed no significant
dependence on bed depth. It was therefore concluded
that equation (14) provided an adequate fit to the data,
and only two parameters were estimated in this study.

(14)

(15)
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sampling rates set under the assumption of a uniform
velocity, i.e. independent of radial position. The fitted
values of Pe,, and Sh,; are shown in Figs. 2 and 3,
respectively, plotted against Reynolds number.

In Fig. 2 the values of Pe,, decrease with Re to an
asymptotic value, Pe . (o0), and are close to this value
for Re > 100-200 approximately. This implies the
existence of a maximum value for lower Re, which is in
agreement with previous work [18]. An empirical
correlating form, which allows representation of both
of these features, can be derived from the diffusion—
convection coupling theory of DeLigny [16]. The

Symbol di/dg

fits the data with an average error of 15% of the
experimental value. This equation can not be used to
obtain Pe,,, values for gas mixing, as the relative
magnitude of the diffusive and convective terms is very
different from the liquid mixing case.

In Fig. 3 the Sh,, values are given; these are well

represented by an equation of the form
Shye = b(Sc)'3(Re)?->° (17

where b depends only on (d,/d,). The Re-dependence in
this correlation is in excellent agreement with the

@ 11.8
500} a 9.4
v 7.8 > 5
400} E] 5.9 A
o 3.9 b = 1.0 8
S
300}
sh,, Sc = 2250 ,
b=o0.
200l 0.65
150}
(&3]
=
g N . X .
100—%% 700 200 300 400 500

Fi1G. 3. Sh,,¢ from uniform velocity runs.
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F1G. 4. Comparison of gas-phase (O) and liquid-phase (@) Pe,,,(c0) for spherical packing.

electrochemical studies presented earlier, and indicates
that such studies do indeed yield Sh,, values which are
compatible with pseudohomogeneous models.

Theeffects of d,/d,, in these equations are contained in
the parameters b and Pe,,,(o0). Clearly Sh,, increases as
d,/d, increases over the range shown here, but the
electrochemical studies at higher ratios show little effect
over quite wide ranges. The two sets of results may be
unified by the relation

b = (1.0-1.5(d,/d)"%)

which is a reasonably simple empiricism.

Comparisons of Pe, () as a function of d,/d, are
made with previous studies in Fig. 4 and two versions of
equation (8) are also shown. From these comparisons
several observations may be made.

There is apparently no difference between ‘average’
Pe,(00) values [9, 10, 17, 18] and ‘bed-center’ values
[6] (also this study). This lack of distinction was not
expected, however, it may be explained by considering
the bed structure. For low d,/d,, beds, Pe,,, varies with
bed radius across the whole tube [9], as the voidage
variations produced by the wall, extending about five
particle diameters into the bed, are present every-
where when d,/d, < 10. In such cases only a small frac-
tion of the wall effects can be accounted for by the
localized wall mass transfer coefficient, in contrast to
the high d,/d, case, where radial Pe,, variation is
confined to the near-wall region. It appears, therefore,
that the use of Sh,, does not affect an average Pe,,
significantly, and all experiments may be regarded as
giving the same quantity.

It is also observed that Pe,,(c0) is higher for liquid
systems than for gas systems, in agreement with the
conclusions of deLigny [ 16]. In the molecular diffusion
and transition regimes of Pe,,, vs Re, it is not surprising
that Pe,, is higher for liquids, due to the much lower
molecular diffusion coefficient as previously noted here

(18)

and elsewhere [18]. In the fully turbulent regime,
however, one would anticipate mixing in a packed bed
to be the same for gases and reasonably-low-viscosity
liquids at steady state, where no capacitative effect of
stagnant films is possible.

Equation (8) represents the trends well for d,/d, < 6,
however, for lower d,/d, the experimental points
deviate seriously from this equation, for the results from
the present study. This may be explained in a number of
ways. First, it should be remembered that this equation
is an empirical one, and it is probably not reasonable to
expect that it should hold for d,/d, < 6, as Fahien and
Smith [9] conducted no experiments in this region.
Second is the likelihood that packed bed mixing
changes dramatically and rapidly as d,/d, decreases
through low values, for which the bed structure changes
more radically as wall effects predominate than for
variation of d,/d, over higher values. Finally is the
probability that at low d,/d, the velocity profile
becomes highly non-uniform, and thus the adjustment
of sampling rates according to an assumption of
uniformity may be inducing unwanted flow re-
arrangement effects within the bed.

RESULTS USING NON-UNIFORM
VELOCITY PROFILES

To investigate the possibility that some of the
observations noted above might be artifacts of the
sampling procedure, the flow rates from the annuli were
setaccording to non-uniform velocity profiles. This was
the only change made from the previous experimental
procedure and data analysis.

The first velocity profile used was the expression
derived by Fahien and Stankovic [19] from the data of
Schwartz and Smith [20], which has a maximum
velocity one d, from the wall. This expression was
integrated over the annuli to give the three desired
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FIG. 5. Voidage-based velocity profiles.

volumetric flow rates. The experimental values of Pe,,,
and Sh,, obtained, however, showed almost no change
from those in Figs. 2 and 3.

Some doubt has been cast upon whether velocity
profiles measured above the packing truly represent
those inside the bed [21, 22]. As all experimental
velocity profiles have been obtained by such
measurements, it is attractive to consider also a
theoretical velocity profile, based on sound physical
reasoning. A suitable expression has been developed by
Cresswell [23], following the lines first suggested by
Stanek and Szekely [24, 25]. The basis of the theory is
the Ergun equation for pressure drop in a packed bed.
Both velocity and voidage are allowed to vary in the
radial direction ; a formula for &(y) has been reported by
Schliinder [26], in which &(y) undergoes damped
oscillations from the tube wall to the bed center, of
period close to d,. The maxima and minima of velocity

60r
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and voidage coincide, giving a very different velocity
profile from that usually assumed. A problem arises at
the wall, where voidage is at a maximum, however, the
‘no-slip” boundary condition -requires that velocity
decrease to zero there. The Ergun equation is therefore
applied only to a region 0 < y < y,, where y, is an
adjustable radial position, taken as a half particle
diameter from the wall in the present study. In the near-
wall region, the velocity is constrained to fall
parabolically to zero from its value at y = y_. Two
profiles given by this voidage-based approach are
shown in Fig. 5.

The experiments were repeated with the annular
sampling rates obtained from integration of the
voidage-based velocity profile. The parameters
obtained are shown in Figs. 6 and 7, for comparison
with the uniform velocity case.

For Sh,; it can be seen that the values are a little
higher than before, and the dependence on d,/d, has
changed. The Re-dependence, however, is in agreement
with equation (17) for Re > 100; at lower Re some
deviation appears. The difference in magnitude can be
explained by noting that the second set of runs were
made at a lower water temperature, thus the Schmidt
number was much higher in that case, increasing Sh.;.
The changein d,/d,-dependence s to be expected, as the
velocity profile also depends on d,/d,,, however, the data
lie within the same limits on b as before.

The variation of Pe,,, with Re is again similar to that
in Fig. 2, and the data may be correlated to an average
error of less than 109, by the expression

1 067¢ 1/Pe,,(x)
Pe., ReSc  (1+12/Re)
which shows that the maximum in the curve is less

pronounced than before.
The main difference between these results and those

(19)

401
20+ \B
Pe, . =N
3
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8l d,/d, O 8
| & 118
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at v 7.8 Reference [18]
0O 5.9
O 3.9
2 O 20
) " " N P " . . P
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Fi1G. 6. Pe,,, from voidage-based velocity runs.
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FiG. 7. Sh,; from voidage-based velocity runs.

for uniform velocity sampling is in the d,/d,-
dependence of Pe,,,(o0), given in Fig. 8. The values are
now lower and lie closer to those obtained from the gas-
phase studies [9], which used pitot tube samplingand a
uniform velocity profile. Thus either pitot tube
sampling is much less sensitive to the velocity profile
assumed, or liquids and gases have quite different
velocity profiles in packed beds. For d,/d, < 6 the
results again show conclusively that equation (8)
cannot safely be used outside the range for which it was
derived.

The above discussion shows that it will be difficult to
determine the d,/d -dependence of Pe,,(c0) until
satisfactory velocity profiles are established for flow in
packed beds. In the next section, however, the

1001
801
601
401
\ Equation (8), A = 10.6
20 D
Pe, (o°)

® \0\8‘?@\\
10 o) ©

! 7
sr Equation (8), A = 8.0

41
& Uniform velocity
O Voidage based
ot velocity
1 i
1 2 4 6 810 20
d,/d

[

F1G. 8. Pe,(o0) from voidage-based velocity runs.

possibility of using heat transfer data directly is
examined. This eliminates the sampling difficulties, but
introduces other problems with the solid phase.

COMPARISON WITH HEAT
TRANSFER RESULTS

It seems reasonable that if the solid-phase
conductivity were well known, it would be possible to
obtain the fluid-phase contribution to heat transfer
directly from heat transfer data. A recent effort in this
direction was that of Specchia et al. [27], who observed
that the effective radial thermal conductivity varies
linearly with Re for most of the published data.
Treating the fluid and solid-phase contributions as
being strictly additive, they obtained values of Pe,;(c0)
from the slopes of such plots, and confirmed equation
(8) with A = 8.65 for a wide d,/d, range.

The difficulty with their method may be de-
monstrated by writing equation (3) in the form

k 1 k. (Bi;+4 Bi,+4 ]!
L (RePr)+ﬁ( ’f-." )8 bt
ki Pey k;  Bi; N Bi

r

s s

(20)

and N, is given by equation (4). It is clear that the slope
ofaplot of k. /k; against Re yields Pe,; only if the second
term on the RHS is constant. Unfortunately this term is
flow-affected through Bi; and N,, which represent the
influence of the tube wall and interphase heat transfer.
This flow effect persists up to quite high Re;
furthermore, it is not negligible when both phases are at
the same temperature, as claimed by Specchia er al.
[27], but only as d,/d, — oo, when wall effects also
become negligible. Figure 9 shows a typical low d,/d,
case with the two terms of equation (20) separately.
Note that the flow-affected solid-phase termislinear for
Re > 100 approximately.
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F1G. 9. Contributions to effective radial conductivity.

The simple method of Specchia et al. is thus seen to be
correct only for large d,/d,, studies. To obtain Pe, and
Nu,, from heat transfer studies, it is necessary to know
k./k;, Bi,, and N, and to solve equations (3)-(5)
simultaneously for Pe, and Nu,,, using experimental
values of Pe, and Bi. The fact that most studies report
parameters which are bed-depth dependent, have been
estimated by non-statistical methods, or which have
been determined from unreliable experiments, has been
discussed before [4] and severely limits the data base
suitable for this procedure. Some limited results are
shown in Fig. 10 for Pe(c0); for the most part it was
sufficient to take Bi; = oo and N, = co.

100 B
80T
60
40
Equation (8), A = 8.0
20+
Pe (oo
~
i0F v VO e\\o
8 b \
ko o/K;
4r O 8.4 ceramics [1]
® 18.0 steel [1]
v 7.0 cellulite [28]
2t
9 " L P | L
1 2 4 6 810 20
d,/d,

F1G. 10. Pe,(o0) from heat transfer studies.

Figure 10 shows that the Pe,(c0) from heat transfer
studies are in good qualitative agreement with the
Pe, (o0} from Fig. 8. This shows that Pe,(o0) remains
fairly constant in the range 811, with Pe(c0) = 10
being a good average value for low d,/d,,, while Pe,(c0)
= 8 may be more suitable as d,/d, increases.

The values of Nu,, from this procedure confirm the
correlations of equations (17)and (18),and are shown in
Fig. 11. It is also instructive to examine the predictive
ability of equations (3)—(5) with the new fluid-phase
correlations. The value of Pe(c0) = 10 was suggested
previously as a good average value, and led to good
predictions of Pe, [4]. An improved predictive formula
for Bi can be given for Re > 100 as

: dP _ dP 1S —-2/3
Bz(§>_(1.m1.5<z> )(Pr) /

x (Re)”**!(Pe(o0)) (21)

where 8 < Pe (o0) < 10. This is compared with data in
Fig. 12, where the Re-dependence is well represented
and much of the spread of the data accounted for. There
is some deviation for lower Re values, which may be due
to the omission of a solid-phase contribution in
equation (5).

CONCLUSIONS

It is most important to know the velocity profile in a
packed bed when carrying out mass transfer
experiments at low d,/d,. Until this is established all
studies of Pe,,(o0) must be viewed with caution. In view
of such uncertainty it is sufficient to regard Pe,,,(c0) as
varying between 10 at low d,/d, and 8 at higher d,/d,,.
The popular formula of Fahien and Smith [9] has been
shown to be unsafe for d,/d, < 6.

For Sh,, a correlation has been found which agrees
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with and extends the results of earlier electrochemical REFERENCES

studies

Shye = (1.0-1.5(d,/d,))' ) (Sc)' *(Re)°*°.  (22)

The effective radial heat transfer parameters are well
predicted at higher Re by equations (3)—(5) using the
above fluid-phase results. Some deviation at lower Re
suggests that the solid-phase contribution may not yet
be completely understood, especially for low d,/d,,.
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TRANSPORT RADIAL DE LA PHASE FLUIDE DANS LES LITS FIXES
POUR UN FAIBLE RAPPORT DE DIAMETRES TUBE-PARTICULE

Résumé — Des expériences de transfert massique concernent des lits fixes de sphéres avec un petit rapport de
diamétres tube-particule(3 < d,/d, < 12) pour déterminer par analogiela contribution de la phase fluide dans
le nombre de Péclet radial effectif et le nombre de Biot de paroi apparent. Le nombre de Péclet asymptotique est
entre 8 et 11 pour le domaine entier de d,/d,,, ce qui contredit les formules usuelles. Une formule pour lenombre

de Sherwood est donnée qui étend les études antérieures:

Shye = (1,0—1,5(d,/d)" ) (Sc)/*(Re)**°.

Ces résultats sont en bon accord avec les données obtenues directement a partir d’expériences de transfert

thermique.

RADIALER TRANSPORT IN DER FLUSSIGEN PHASE VON FESTBETTEN MIT KLEINEM
VERHALTNIS VON ROHR- ZU PARTIKELDURCHMESSER

Zusammenfassung—Es wurden Versuche zum Stofftransport in Festbetten aus Kugelschiittungen mit
kleinem Verhiltnis von Rohr- zu Partikeldurchmesser (3 < d,/d, < 12) durchgefiihrt, um damit mit Hilfe der
Analogie den Beitrag der Fliissigkeit zum effektiven radialen Wirmetransport zur entsprechenden Peclet-
Zahl und zur scheinbaren Biot-Zahl der Wand zu bestimmen. Fiir den gesamten d,/d-Bereich ergeben sich
Werte fiir die asymptotische Peclet-Zahl zwischen 8 und 11, was den iiblichen Gleichungen widerspricht. Es
wird eine Korrelation fiir die Sherwood-Zahl der Wand angegeben, welche die Beziehungen aus

vorangegangenen Untersuchungen erweitert

Shy=(1,0— 1,5(dp/d,)1'5)(Sc)1/3(Re)°'5§

Diese Ergebnisse sind in guter Ubereinstimmung mit Daten, die direkt aus Warmelibergangsmessungen
erhalten wurden.
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PAJIVAJIBHBIA MEPEHOC XWUJKON ®A3bl B MJIOTHBIX CJIOAX C HEBOJBUIUM
OTHOUIEHUEM JUAMETPA TPYBbl K JTHAMETPY YACTHUL

Annoraums—I1poBeJeHbI 3KCNEPHMEHTBI 110 MACCONEPEHOCY B TUIOTHBIX CJI0SAX chep C MaJIBIM OTHOLLIEH-
HeM JHaMeTpoB TpyOul n wacTun (3 < d/d, < 12) ¢ uenbio ONpefesieHHs MO aHAJIOTHH BKJIana XXHIKOH
da3pl B 3¢dexTHBHOE paauanbHoe yucio Ilexne s TemsonepeHoca H B HCTHHHOE 3HA4YEHHME 4MCIa
Buo s crenkl. [TokasaHo, 4TO BO BCEM HCCIEJOBAHHOM AMANA3OHE 3HAYEHHH d,/d, aCHMNTOTHYECKOE
uucio IMexne nexur B npeaenax 8—11, 4TO NPOTHBOPEHHT pe3yjbTaTaM, NOJYYAEMbIM IO OOBIYHO
HCMOJIb3YEMBbIM COOTHOLLCHHAM. BriBeneHa 3aBucuMocTh mis udcna Ulepyna Ha cTeHke, koTopas
o6obL1aeT U pe3ynbTaThl paHee NPOBEAECHHBIX HCCIEOOBAHMIA

Shyr = (1,0 = 1,5(d,/d)"-*)(Sc)' > (Re)**2.

Pe3yﬂbTaTbl XOpollUOo COrjIaCyroTCs ¢ AAaHHBIMH, MOJTYYCHHBIMH HENOCPEACTBEHHO H3 3KCIICPUMEHTOB
Mo TEIJIONEPEHOCY.
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